DESIGN AND OPTIMIZATION OF AN ATMOSPHERIC DISTILLATION
UNIT IN AN OIL REFINERY

A MASTER’S THESIS
in
Chemical Engineering and Applied Chemistry
Atılım University

by
KHALED HUSEIN E. SOWANI

MAY 2017

DESIGN AND OPTIMIZATION OF AN ATMOSPHERIC DISTILLATION
UNIT IN AN OIL REFINERY

A THESIS SUBMITTED TO
THE GRADUATE SCHOOL OF NATURAL AND APPLIED SCIENCES
OF
ATILIM UNIVERSITY
BY
KHALED HUSEIN E. SOWANI

IN PARTIAL FULFILLMENT OF THE REQUIREMENTS FOR THE
DEGREE OF MASTER OF SCIENCE
IN

THE DEPARMENT OF CHEMICAL ENGINEERING AND APPLIED
CHEMISTRY
MAY 2017

Approval of the Graduate School of Natural and Applied Sciences, Atılım University.

_____________________
Prof. Dr. İbrahim Akman
Director
I certify that this thesis satisfies all the requirements as a thesis for the degree of
Master of Science.
_____________________
Prof. Dr. Atilla Cihaner
Head of Department
This is to certify that we have read the thesis “Thesis Name” submitted by “Candidates
Name” and that in our opinion it is fully adequate, in scope and quality, as a thesis for
the degree of Master of Science.
_____________________

_____________________

Prof. Dr. Erdoğan Alper

Asst. Prof. Dr. Hakan Kayı

Co-Supervisor

Supervisor

Examining Committee Members
Assoc. Prof. Dr. Murat Torun

_____________________

Prof. Dr. Şeniz Özalp Yaman

______________________

Asst. Prof. Dr. Hakan Kayı

______________________

Date: 12.05.2017

I declare and guarantee that all data, knowledge and information in this document has
been obtained, processed and presented in accordance with academic rules and ethical
conduct. Based on these rules and conduct, I have fully cited and referenced all material
and results that are not original to this work.

Name, Last name: KHALED SOWANI

Signature:

ABSTRACT

DESIGN AND OPTIMIZATION OF AN ATMOSPHERIC DISTILLATION
UNIT IN AN OIL REFINERY
SOWANI, KHALED
M.Sc., Chemical Engineering and Applied Chemistry
Supervisor: Asst. Prof. Dr. Hakan Kayı
Co-Supervisor: Prof. Dr. Erdoğan Alper
May 2017, 66 pages

Today, production and distillation of crude oil are important processes in
almost all around the world. Price of the petroleum products is rising due to the high
demand which is much stronger than expected.
In the last few years, simulation of the different processes has become an
important tool, especially in the study of behavior of almost all the chemical processes.
A proper simulation can bring the best advantages to industry, such as improving the in
knowledge about the processes without the need to carry out the real operation of the
processes. Simply, simulation can translate the mathematics of a computer modeling to
description of the system behavior based on the data of input parameters. Simulation and
modeling are very important in different engineering applications, because they describe
the process operation that may not be feasible, may be inaccessible, too costly, or
dangerous.
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In this study a computer model of atmospheric distillation unit (which is also
called crude distillation unit, CDU) in Libyan oil refinery was designed and simulations
were performed to improve the middle distillate productions in CDU focusing on
Naphtha product. Data of the crude oil, the operating conditions of the process unit, and
other essential data were collected from actual refinery and entered into the simulation
environment to generate the CDU model.
Aspen program provides a capability to design the entire process accurately and
gives us accurate information of how processes take place. This study includes the
design and simulation of the crude distillation unit, and aims to improve its middle
distillate productions, by concentrating on the improvement of the volumetric flow rate
of the naphtha product, because it’s one of the most demanded valuable products.
According to our findings, it’s possible to increase mainly the production of
naphtha, kerosene (jet fuel), light gas oil (LGO). In addition reducing the residue
volumetric flow rate at the same time is possible, and this is one of the objectives of this
study. Ultimately, the simulation of the CDU is successfully completed, and the obtained
results are discussed. The effects of the different operation conditions in the crude oil
refining process on the yield and the composition of the crude oil products are
investigated. To ensure the simulation works successful, the obtained results are
compared with the actual distillation column production data.

Keywords: Crude oil, Petroleum assay, Distillation column, Process design and
simulation, Optimization
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ÖZ
BİR PETROL RAFİNERİSİNDEKİ ATMOSFERİK DAMITMA ÜNİTESİNİN
TASARIM VE OPTİMİZASYONU
SOWANI, KHALED
Yüksek Lisans, Kimya Mühendisliği ve Uygulamalı Kimya
Tez Yöneticisi: Yrd. Doç. Dr. Hakan Kayı
Ortak Tez Yöneticisi: Prof. Dr. Erdoğan Alper
May 2017, 66 pages

Günümüzde, ham petrol üretimi ve damıtımı, hemen hemen tüm dünyada önemli
süreçlerdir. Petrol ürünlerinin fiyatı, talebin beklenenden daha güçlü olması nedeniyle
artmaktadır.
Son birkaç yılda, farklı süreçlerin benzetimlemesi, özellikle neredeyse tüm kimyasal
süreçlerin davranışlarının incelenmesinde önemli bir araç haline geldi. Doğru bir
benzetimleme, sanayide, süreçlerin gerçek operasyonunu gerçekleştirmek zorunda
kalmadan süreçler hakkındaki bilginin geliştirilmesi gibi en iyi avantajları getirebilir.
Basitçe

benzetimleme,

bir

bilgisayar

modellemesinin

matematiğini,

giriş

parametrelerinin verilerini temel alan sistem davranışının açıklamasına çevirebilir.
Benzetimleme ve modelleme, farklı mühendislik uygulamalarında çok önemlidir, çünkü
uygulanabilir olmayan, erişilemeyen, çok masraflı veya tehlikeli olabilecek süreç
işlemini tanımlarlar.
Bu çalışmada, Libya petrol rafinerisinde atmosferik damıtma ünitesinin (ayrıca ham
petrol damıtma ünitesi, CDU, olarak da adlandırılmaktadır) bir bilgisayar modeli
tasarlanmış ve CDU'daki orta damıtma ürünü (distilat) üretimlerini iyileştirmek için
v

nafta ürününe odaklanan benzetimlemeler gerçekleştirilmiştir. Ham petrol verileri,
proses ünitesinin çalışma koşulları ve diğer önemli veriler, gerçek rafineriden alınmış ve
CDU modelini oluşturmak için benzetimleme ortamına girilmiştir.
Aspen programı, tüm süreci doğru bir şekilde tasarlama olanağı sağlar ve süreçlerin nasıl
gerçekleştiği hakkında doğru bilgi verir. Bu çalışma, ham petrol damıtma ünitesinin
tasarımı ve benzetimlemesini içermekte ve en çok istenen değerli ürünlerden biri olması
nedeniyle nafta ürününün hacimsel akış hızının geliştirilmesine yoğunlaşmak suretiyle,
orta damıtma ürünü üretimlerini iyileştirmeyi amaçlamaktadır.
Bulgularımıza göre ağırlıklı olarak nafta, gazyağı (jet yakıtı), hafif gaz yağı (LGO)
üretimini artırmak mümkündür. Ayrıca, damıtma kalıntısının hacimsel akış hızının aynı
anda azaltılması da mümkündür ve bu durum bu çalışmanın temel amaçlarından birini
teşkil etmektedir.
Nihayetinde, CDU benzetimlemesi başarıyla tamamlanmış ve elde edilen sonuçlar
tartışılmıştır. Ham petrol rafinasyon sürecindeki farklı çalışma koşullarının ham petrol
ürünlerinin verimi ve bileşimi üzerindeki etkileri araştırılmıştır. Benzetimlemenin
başarılı çalıştığından emin olabilmek için elde edilen sonuçlar, gerçek damıtma kolonu
üretim verileri ile karşılaştırmıştır.

Anahtar Kelimeler: Ham petrol, Petrol analizi, Damıtma kolonu, Süreç tasarım ve
benzetimlemesi, Optimizasyon
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CHAPTER 1
INTRODUCTION
The distillation process of crude oil in a refinery is considered to be one of the
fractionating processes of crude oil, and the associated heat recovery systems have
grown complexities due to crude scheduling.
Aspen software is one of the most powerful softwares used nowadays. The
design in Aspen is an interactive process modeling that enables the engineers to describe
the steady-state and dynamic models for a process or plant design, improvement of
operation, knowledge performance, troubleshooting, business planning and best
management. It is one of the best tools for a crude oil refinery processes simulation. It
can be used during the conceptual design, and during the entire lifespan of the
equipment as well. It enables the simulation of very complex crude distillation processes
in an easy manner.
It’s based upon a flexible structure that allows a user to characterize this
petroleum assay using the available real data and rigorous laboratory data.
This study involves the design and simulation of the atmospheric distillation unit of
Libyan oil refinery. It was commissioned in 1976 and contains two similar process units,
with (60,000) barrel /day of crude oil at full load for each unit. It processes different
types of Libyan crude oils to produce the different types of fuel, such as LPG fuel,
gasoline, light gas oil (LGO), heavy gas oil (HGO), and atmospheric residue (heavy
fuel).
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1.1 Aspen Program
The Aim of Using Simulation Software
Nowadays, simulation has become an important tool for studying of almost all
processes. It is possible to make great advantages for industry through simulations,
proper simulations an extensive knowledge about the process and parameters affecting it
can be gained without carrying out the real operation of processes.
Aspen software has become an important method for simulation of any crude
oil refinery processes. It’s used during the conceptual design as well as during the entire
life span of the equipment. It enables the simulation of very complex crude distillation
systems in an easy manner, also makes profitable operations in real time [1].
1.2 -The Advantages of Using Aspen Program in Industrial Process Design
1. Aspen is a powerful tool for steady-state modeling and the dynamic state as well.
2. All complex processes can be easily understood while they are simulated.
3. It is suitable for both steady state and dynamic simulation of complex crude oil
distillation systems.
4. It contributes to design with high accuracy leading to a more realistic model.
5. The simple model concept of increases the individual engineers' efficiency and also
organizations efficiency.
6. While using Aspen design, we can reduce equipment monitoring and reduce the time
of processes accurate information from hours to minutes [2].
1.3 Atmospheric Crude Oil Distillation Unit
The crude distillation unit CDU is the first major unit in any refinery process
for crude oil distillation, and it is the most important unit for all crude oil refineries.
The CDU system of this case study refinery is coupled with three side-strippers and two
pump- around circuits. The fractional distillation column is a tall vertical cylindrical
tower, contains a number of horizontal standstill trays. It is used to distillate the crude
oils. A CDU is also known as an atmospheric distillation unit (ADU), as its operating
2

condition is slightly above the atmospheric pressure. CDU distils the crude oil into
different fractions according to their different in the different in their boiling points
range.
Firstly the feed (crude oil) is slightly heated up to about 215°C than it is
desalted in a desalter unit and then heated up to a temperature range between (350 to
400°C) in a tube-fired heater before being fed into the distillation column [3].
The below figure shows the typical diagram of the atmospheric distillation unit.

Figure 1.1 Typical Diagram for an Atmospheric Distillation Unit [4].
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1.4 The Main Objectives of this Research
1- To prepare a detailed design of atmospheric distillation unit of Libyan oil refinery.
2- To investigate the effects of different operation conditions in CDU on the products
yield.
3- To improve the middle distillate productions of the column, focusing on naphtha
production volumetric flow rate.
4- To obtain detailed information about the design and the operation conditions of the
atmospheric distillation unit.
1.5 History of Crude Oil (the Black Gold)
A crude oil, or a tar, also called black gold as a literary term, is a flammable
thick liquid. It's remaining on the top layer of the Earth's crust. As a complex mixture, it
contains thousands of different hydrocarbon compounds, and these compounds are
ranging from small volatile compounds to non-volatile very large compounds. It’s
made up naturally millions of years ago, from decaying those animals and plants that
were living in the oceans and seas. Most of those places contain crude oil dynasty.
Crude oils have different colours and different viscosities. Crude oils consist primarily
of carbon and hydrogen (known as hydrocarbons) with small amounts of oxygen,
nitrogen, and sulphur and with some different minerals, like cobalt, copper, nickel,
sodium, potassium, calcium, silicon, vanadium, etc [3].
According to the world energy statistics, crude oil is important as it is one of
the primary energy sources. The whole world burns and exploits it in producing
electricity, running factories, in transportation and engines [5].
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1.6 Discovery of Crude Oil
There are no data about the primary individuals that found the raw petroleum,
as it flew to the surface of the earth from a few openings or when individuals discovered
it rather than water in the wells.
The eighth century saw the principal concentrate of unrefined petroleum in
Iraq, then took after Azerbaijan, all the past utilizations were employments of the raw
petroleum in its crude component. The primary individual that began to concentrate a
few items from the unrefined petroleum was Muhammad ibn Zakariya Al-Razi (865925) a Persian doctor, scientific expert, researcher, and philosopher. He refined
petroleum and discovered the lamp fuel (kerosene)[6]
The discovery of crude oil was a period of great change around the world, as it
became a new source of fuel energy, and caused rapid industrialization. Since 1901, by
the discovery of the Spindle top geyser which gave a great growth of oil industry within
a year, oil companies spread out around the world. Crude oil is dominant as a main fuel
of the 20th century, also it constitutes the main part of the global economy.
1.7 Crude Oil Specifications
Analysis of crude oil indicates that it’s a complex mixture containing thousands
of different compounds (hydrocarbons), and these compounds have wide ranges from
small volatile compounds to non-volatile large compounds.
1.8 Elements Composition of Crude Oil
The crude oil contains many trace elements, which shown in the table below
with their weight percentage.
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Table 1.1 Elementals Composition of Crude Oil by wt% [7, 8].
Elements

Composition by wt%

1 - Carbon

83.0 _ 87.0%

2 - Hydrogen

10.0 _ 14.0%

3 - Sulfur

0.05 _ 6.0%

4 - Oxygen

0.05 _ 2.0%

5 - Nitrogen

0.1 _ 0.2%
< 021 ppm

6 - Nickle

< 1200 ppm

7 - Vanadium

1.9 The Composition of Crude Oil According to Hydrocarbon Groups
Crude oil can be classified according to the weight percentage of hydrocarbon
groups which content. These groups are the basic material of the main composition of
any type of crude oil, and the percentages of these hydrocarbon groups depend upon the
geographic region where they different from one place to another.
These groups directly affect the classification of the quality of the crude as a light,
medium, or heavy crude.
A typical hydrocarbon content of crude oil is showing in Table 2.2 bellow.

Table 1.2 Hydrocarbon Groups Percentage in Typical Crude Oil [8, 9].

Hydrocarbon Group

Range of wt%

 Paraffin (saturated chains)

15 _ 60 %

 Naphthenes (saturated rings)

30 _ 60 %

 Aromatics (unsaturated rings)

3 _ 30 %
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1.10 Classification of Crude Oils
Classification of Crudes According to their API:
The crude oils around the world are classified according to the API gravity,
which is the abbreviation of American Petroleum Institute.
API is defined as a scale used in the petroleum industry, for the typical indication of
crude oil. It can be calculated from the crude oil specific gravity (SG) by using the
following equation.
API = ( 141.5 / SG ) – 131.5
Most crude oils have an API range between 20 to 45, where 20 corresponds to heavy
crude oils and 45 corresponds to light crude oils )[10].
Crude Oils are Classified to be:
1- Light crude oils: API gravity higher than 31.1 °API.
2- Medium crudes: API ranging between 22.3 to 31.1°API.
3- Heavy crudes: API gravity below 22.3 °API.
4- Extra heavy crudes: API gravity less than 10°API [8].
Classification of Crudes According to the Sulfur Contamination
Sulfur content of the oils is so important and it needs to be removed from the
crude oil mainly for the following reasons:
1- The sulfur which presents in crude oil can be harmful to the catalysts that are used in
the Conversion units of CDU products.
2- If sulfur is present in refinery products (fuel) when the fuel is burned, sulfur will be
converted to (SO2), which causes acidic rain when rising in the atmosphere, which is
harmful to the environment.
7

Crude Oils According to Sulfur Contamination are Classified to be:
1 - Low sulfur contaminates: they are called sweet crudes which contain less than 0.5%
by weight sulfur contamination, and they are more valuable.
2 - High sulfur contaminates: they are called sour crudes, and contain more than 1% by
weight sulfur contamination. As sulfur is an undesirable component in the oils, it must
be removed during the refining process [11].
1.11 General Physical Properties of Crude Oils
• Density
Comparing with the density of water at room temperatures and atmospheric
pressure, which is 1.00 g/cm3 the crude oil densities commonly range from 0.7 to 0.99
g/cm3. That is the reason why most oils will float on freshwater.
• Viscosity
We can define it simply as the fluid’s resistance to flow. The liquid which
flows more rapidly has the lower viscosity, while the liquid which has a high viscisity
flows hardly. The large polar molecules contained in crude oils, namely asphaltenes, are
responsible for the determination of the viscosity of any oil. The temperature affects the
viscosity as well. The low-temperature results with a high viscose oil, so oil can flow
easily at 45ºC, while becomes slow-motion at 10ºC.
• The Boiling Point
The large the molecules, the higher the boiling point, the lower the
flammability and the greater the viscosity, and higher temperatures are required to
separate the molecules when they are boiled.
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• The Flash Point
Each volatile liquid has its own flash point, and it can be defined as the lowest
temperature at which the vapor of the volatile liquid will be sufficiently ignited by the
attachment of an open flame or any ignition sources. If the flash point for any liquid is
less than 60°C, it is considered to be flammable. Usually, volatile components are
available in fresh crude oils, so they will be flammable if being spilled and ignited for a
long time, and it is depending on the rate of evaporation of the volatile components in
the crude. Typically heavy crude oils don’t have or have very few volatile components,
so they are not flammable.
• Pour Point
The pour point can be defined as the temperature at which liquid changes to
semisolid. At this point it loses it’s ability for flowing. When a crude oil has high
paraffin concentration, it has high pour point, and it precipitates at lower temperatures in
this situation.
• Adhesion
It is known as ‘stickiness’ of the crudes to the surrounding surfaces and the
adhesion of crudes to the surfaces or vegetation can greatly impede cleanup. The
adhesion is one of the crude oil properties that is not measured during the industry
standard analyses of crude oils.
• Watson or UOP Characterization Factor
Kuop is defined as a ratio between the cube root of the boiling point of a
compound and its specific gravity (SG), and can be calculated from the equation:
Kuop = [1.8 T(K)]1/3 / S.G
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If the Kuop is less than 10.5 means it’s an aromatic group if it's higher than 12.5
indicates for paraffin group [12].
Table 1.3 Comparison of Important Crude Oil Properties.
Types of Crude Oil

Density
3

(g/cm )

Viscosity
(mPa•s)

Flashpoint (ºC)

 Light Crude

0.77

1.0

-30

 Medium Crude

0.85

8.0

-10

 Heavy Crude

0.94

820

-3

1.12 Separation Processes of Crude Oil Mixture
In a distillation process, a mixture of two homogeneous liquids can be
separated if they have different boiling points. When there are more than two substances
present in a mixture, fractional distillation process is required.
- This is done in an oil industry using very tall cylindrical tower called the fractionating
tower.
- This tower contains a number of horizontal standstill trays, helping for the separation
of the products.
- The fraction of the lowest boiling point evaporates first and it’s separated from the
fractions which have higher boiling points.
- Fractions with the lowest boiling point are collected from the top of the tower.
1.13 Refining Crude Oil for Use
The fuel for our cars (gasoline), the fuel oil which we burn for producing
electric, and the (LPG) using for heating our homes in the winter season, and used to
cook as well, are all sources of heat and derived from distillate the crude oils, across the
globe. Crude oils are a mixture of all of these energy products. To meet the user
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requirements, the oil must be separated (distillate), converted and treated as well in a
process known as refining.
Why Crude Oils required to be Refined?
The oil refinery is a type of industrial plant, that can refine or distillate all types
of crude oil into desired products (fuels), such as gasoline, gas oil (diesel), kerosene (jet
fuel) and LPG. Oil refineries are the second step in industrial oil production processes,
after the actual extraction of oil in the oil fields.
In the refining plants, the first section is called distillation unit, where the crude oil is
firstly heated up to a required temperature before being fed to the distillation column for
separation [13].
1.14 Crude Oil Refining Processes.
In the early years of the oil industry, the method for refining oil was very
simple and different from the way used these days. The chemical engineering at that
time used a horizontal cylindrical still, that only held less than 10 barrels of oil at a time.
Using this way of refining was not be able to raise up the temperature of the crude very
fast. As the temperature rises up, the distillate products are removed, like gasoline, or
kerosene, which had limited usage, such as lighting the oil lamps. Over the time, the
refining processing evolved, and other distillate products became useful.
Today, safe and perfect transportation ways are used to transport crude oils
from oil fields to the industrial areas (refineries), such as pipelines, tankers, railroads,
sea ships and trucks, where crudes are transformed into the used products, for daily use.
On the other hand, the industrial areas has to be safe, less dirty placed, and harmless to
the human and environment. Around the world,

most governments have placed

restrictions on how refineries should dispose their waste products and what they can
release to the air. Many different environmental programs around the world has started
in the recent years to make the oil refining a clean and safe industry.
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1.15 The Three Steps of Refining
The Crude oils have to be passed through a treating process before they can be
used as a crude feed to any refinery. Three major steps of operation performed to
convert the crude oils into usable products in any refinery are, first separation, then
conversion and finally treatment.
1. The Separation Step
It’s the first step in any refining process, where molecules to be separated
through atmospheric distillation column, CDU. The separation is done according to the
difference in their molecular weight and boiling point ranges. This process is also
known as a topping process. During this process, the feed (crude oil) is heated up to the
range between 350 to 400°C in a huge furnace, then fed at the bottom of the column, so
causing the light molecules to vaporize. The vapors rise up through the inside trays of
the column, while the residuals which are heaviest molecules are remaining at the
bottom of the column. As the vapors rise up through the trays, the temperature
difference in the column causes molecules to cool down and condense as liquids. Only
non-condensable gasses reach to the top of the column, where the temperature drops to
about 150°C. The obtained condensate liquids become lighter as rise up through the
column, because of the trays temperature get lower and lower, and collected from the
trays which located at different heights in the column. Each few trays collect a different
type of fraction, which known as a petroleum cuts, while non-condensable gasses
collected at the top of the column. The highly viscous hydrocarbons like asphalt remain
at the bottom of the column, but it still contains some light products such as kerosene
and gas oil.
2. Conversion Section
During the separation step, still many heavy hydrocarbon molecules remaining
at the bottom of the column, so the bottom product is sent to the cracking unit, where to
be cracked (changed) to two or more light products. To carry out this conversion process
a 500°C temperature is required, and to speed up the reaction catalyst is used in this
12

process as well. During this conversion process, more than 75% of the feed (heavy
molecules) converted into light products such as light grasses (Propane(C3) & Butane
(C4)), diesel, and gasoline. The production yield of this process is increased further by
the addition of hydrogen gas, this process is called hydrocracking process.
In the refining industries, as the complex of the operation is getting higher, the more
energy required, so more cost required as well. It’s to be balanced between the
conversion cost and the product yield.

3. Treatment
The third step is treatment, which involves significantly reducing or removing
the molecules that cause air pollution or corrosive, especially the sulfur molecules. The
sulfur contaminants should be less than10 ppm or in other words,10 milligrams per
kilogram. The purpose of the desulfurization process is to keep the effectiveness of the
catalyst as high as possible and also to optimize the converters used to treat exhaust gas
[14]. The sulfur removal process or the desulfurization process for diesel is performed at
around a pressure of 60 bars, and a temperature about 370°C. The hydrogen is supplied
to this process to react with the sulfur and to form hydrogen sulfide (H2S).
RSH + H2 → RH + H2S
Then the hydrogen sulfide is treated to remove the sulfur. To change hydrogen sulfide to
sulfur dioxide (SO2), the reaction between H2S and sulfuric acid produces sulfur dioxide
and water.
H2S + 3/2 O2 → H2O + SO2
Then SO2 reacts with H2O to form sulfur and water as shown in the next equation.
2H2S + SO2 → 2H2O + 3S

13

1.16 Treatment of the Crude Oil before Entering the CDU
Desalting of Crude Oil
Some suspended solids which carried by the crude oil, such as sand, clay, and
iron oxide, are primarily picked up in the normal separation reservoirs, but salt particles,
which remain in crude oil feedstocks such as magnesium, calcium, and sodium chlorides
salts, and they can’t be removed by normal separations, and cause several problems if
not be separated [15].
They can cause corrosion in the system during the operation. For example, the
chloride salt decomposition in fractionator equipment, or deposition in the heat
exchangers causes fouling of heat transfer and poisoning of catalysts in downstream
sections. The salts which carried in the crude oil by the water cause hydrochloric acid
formation which causes corrosion, by decomposition of magnesium chloride (MgCl2),
calcium chloride (CaCl2), and sodium chloride (NaCl) in the system, while a high
temperature is available (about 350°C) as follows:
NaCl + H2O → NaOH + HCl
CaCl2 + 2H2O → Ca(OH)2 + 2HCl
MgCl2 + 2H2O → Mg(OH)2 + 2HCl
So, the crude oil has to be desalted in a desalter unit before being piped to the
distillation column[8, 16]. A typical desalter unit is given in Figure 1.2
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Figure 1.2 A typical Crude Oil Desalter [17].

The desalting process is used to remove these salts contaminations by using
distilled water as wash water. This process passes through three steps, firstly heating up
the crude oil, then mixing it with the distilled water (washing water) using a special
mixing valve, and then settling by using an electric field in a desalter.
1.17 Crude Distillation Unit and Associated Unit Operations
The fractional distillation process is the best useful process for separating a
mixture of two or more substances even with a narrow difference in their boiling points,
and it’s the most important unit in any petroleum industry. Distillate products which
obtained from the CDU can be further processed into various useful products for human
daily life usage, for example, vehicle petrol, chemicals in skincare products and
lubricants in factories.
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Figure 1.3 The Fractionation Column Associated Unit Operations [8] .
In CDU, the crude oil is fed to the bottom of the column at the flash zone, then
the vapor rises up, passing through a series of perforated trays called bubble cap trays.
Bubble Cap Trays:
Each distillation tower is provided by a number of trays. The function of these
trays is to keep a long contact time between the rising vapor and coming down
condensate mixture, and also to maintain a level of the hydrocarbon condensate on it for
drawing out as fractional products.
There are three type of trays used in distillation columns given below:
1)- Bubble cap trays

2)- Valves tray type

3)- Sieve trays

In our study, bubble cap trays are used. These trays are provided by some
holes, and a chimney (riser) fitted over each hole, and each chimney covered by a cap.
The cap is provided with a space to allow the rising vapor to pass through the chimney
and be directed downward by the cap, then discharging through the cap, and bubbling
through the condensate liquids on the tray. A bubble cap and bubble cap tray are shown
in Figure 1.4 [18].
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Figure 1.4 The Bubble Cap Tray [3].

The Figure 1.5 Shows the distribution of bubble cap trays inside the distillation column.

Figure 1.5 Fractionation Column, and Bubble Cap Trays [3].
During the distillation process, the heavier hydrocarbons (high molecular
weight), condense faster than the lighter ones (low molecular weight) and will settle on
lower trays, while lighter hydrocarbons condense on higher trays due to their low
17

boiling points. The different liquid fraction products are then drawn out from the
column, light gasses (non-condensable gasses such as methane, ethane, propane, and
butane) to be collected from the top of the tower. Naphtha is formed in top trays,
kerosene and gas oils in the middle, while fuel oils are drawn out at the bottom trays of
the column. The residue drawn from the bottom, and used as feedstock for vacuum
distillation column (VDU), or to be burned as fuel in the furnaces.
The fractional distillation process occurs following the steps:
1. The crude oil or a liquid mixture of two or more substances with different ranges of
boiling points to be heated up to a required temperature. The heat source is usually
obtained in a huge furnace, where fuel gas (natural gas) or heavy oils are burned as fuel
to rise up the crude oil temperature to around 330°C - 400°C.
2. Then the hot mixture enters at the bottom of a fractional tower, where about 30 or
more number of trays (plates) are filled up, which have many holes or loosened bubble
caps that allow the vapor to pass through them.
3. The feed area of a fractional column is called flash zone area, where the vapor (for
light molecules) flashes up inside the column, so the fractional tower is hot at the bottom
and cool at the top.
4. As the separated vapors rising up in the column, passing through condensate liquid
mixture in the trays, they got colder and colder, until the boiling point temperature of
one of the substances vapor is equal to the column temperature. At this point, it will be
condensed to form a product of that substance.
5. Increases of the contact time between the rising vapors and the condensate
hydrocarbons in the trays helps to collect condensate hydrocarbons that form at various
heights in the column.
6. During that process, the vapor mixture reaches higher and higher point of the column.
The lowest boiling point substance vapor will condense at the highest trays in the
column; while the vapor of higher boiling point substances will condense at the lower
trays of the column.
7. The various condensate liquid fractions are collected on the trays.
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8. Then the collected condensate fractions are drawn out of the column from different
trays, which cool them further, and then send to other units for further chemical
processing, or to the storage tanks as final products [19].
1.18 CDU Process Production Typical Yield wt% of Crude Oil and Disposition
Table 1.4 CDU Typical Yields and Dispositions.

Products

Yield Wt%
of Crude

Disposition

Light ends ( gases)

2.3

LPG unit.

Light naphtha

6.3

Naphtha hydro treating unit.

Heavy naphtha

9.4

Distillate hydro treating unit.

Kerosene

9.9

Distillate hydro treating unit.

Atmospheric gas oil

15.1

Fluid catalytic cracking (FCC).

Reduced crude oil

42.6

Vacuum distillation unit (VDU).

Typical Products of Crude Oil Distillation Unit with True Boiling Point (TBP) Cut
Ranges:
Light gasses, from the Initial Boiling Point (IBP) to 120°C.
Naphtha from 120 to 140°C.
Between 140 to 270 °C kerosene (Jet fuel).
Light gas oil (LGO), from 270 to 320°C.
Heavy gas oil (HGO), from 320 to 370°C.
Residue (Reduced crude oil), higher than 370°C [20].
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1.19 Cut Point (CP), Initial Boiling Point (IBP), and End Point (EP) for a Typical
Crude Oil Fractions
* A Cut Point(CP), can be defined as the temperature that presents the upper limit and
lower limit of a fraction to be produced consider to the typical crude oil TBP curve.
* The Initial Boiling Point (IBP), at a given pressure can be defined as the temperature
value when the first bubble of vapor is created from the liquid.
* The End Point (EP), is the actual terminal temperature of a fraction produced
commercially.
The next figure bellow shows a typical crude oil product cut points curve.

Figure 1.6 A Typical Crude Product Cut Points Curve [21].
Whenever two or more fractions going to be separated according to the
commercial procedure, some of the lighter components stay in the nearby lighter
division. While a portion of the heavier component in the part discovers their way into
the adjacent heavier fraction. Therefore, the real IBP of the fraction will be lower than
the initial cut point, and its final boiling point (FBP), will be higher than the relating
final cut point [21].
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1.20 Literature Review
In a study of Hasan et al [22], about the simulation of crude distillation unit of
Eastern Refinery Limited (ERL) using Aspen Plus program, different distillation curves
from the simulator were found comparable to the standard data, and the simulation
values were closer to literature values.
In a study of Jibril et al [23], simulation of CDU of Kaduna Refinery was
carried out by using Aspen software, and the obtained results revealed that the
volumetric flow rate of the atmospheric residue was the highest, on the other hand, the
diesel volumetric flow rate was the lowest value. This indicated that the distillation
column needs to be optimized in order to convert more of the bottom product
(Atmospheric residue) into other middle distillate products such as naphtha, kerosene or
diesel.
In a study of Babiker et al [13], Aspen design and simulation of vacuum
distillation unit (VDU) for Khartoum Refinery were performed. The study was covering
the calculation of material and energy balances which gave full equipment evaluation.
They estimated the total cost of the VDU. Also, they performed a simulation to increase
the volumetric flow rate of heavy vacuum gas oil (HVGO), and light gas oil ( LGO), and
that was the main objective of their study.
In a study of Mahgoub et al [24], the simulation of the real data process of
Khartoum oil refinery were carried out using Aspen simulation at the different mixing
ratios. Results were closer to the refinery real data.
Patil et al [25], performed simulations on fluid catalytic cracking (FCC) unit by
using Aspen, investigated the effects of different parameters on the total conversion of
the products in the FCC unit.
In an of Kaewwisetkul et al [26], methanol in crude glycerol from biodiesel
production was considered to be a raw material for dimethyl ether production. In this
work, production of dimethyl ether from the dehydration reaction of methanol in a
reactive distillation is studied. A model of the reactive distillation was developed using a
process simulator and used to analyze its performance by considering both the methanol
21

conversion and the total annual cost. The effect of key operating parameters on
conversion of methanol was reported. The optimal process design was determined in
terms of the minimization of total annual cost.
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CHAPTER 2
METHODOLOGY
This chapter will describe the simulation steps of Libyan oil refinery CDU and
the procedure of the simulation by AspenONE (for Universities R3) program to increase
some of the middle distillate products of the distillation column, focusing on Naphtha
production.
2.1 Process Description
In this study, crude oil is passed through a fractionation unit to create naphtha,
jet fuel (kerosene), diesel (gas oil), and reduced crude (atmospheric residue).
A desalted and pre-heating crude is piped to a separator called (a pre-flash drum), where
vapors to be separated from the hydrocarbon mixture, which is heated up to a required
process temperature in a huge furnace. The separated vapors pass through the furnace
and then mix again with the hot crude oil which coming out from the furnace. Then the
hot combined stream is fed to the atmospheric distillation column for fractionation. The
main column consists of three side strippers and two pump-around circulations.
A refining simulation which is built using Aspen program follows the basic steps below:
1- Creation a new unit set.
2- Choosing a proper crude oil fluid package.
3- Selection of the non-hydrocarbon components.
4- Characterization of the oil.
5- Creation and specification of the utility steam streams and the preheated crude.
6- Installation and definition of the unit operations in the unit set.
7- Install and define crude distillation column.
A simplified process flow diagram for the CDU shown in Figure 2.1. The crude oil is
the main source of this process. The desalted crude oil afterward is heated in a furnace
to match the column conditions, then fed to distillation column.
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Figure 2.1 Overall View of Crude Distillation Process Simulation Prepared in Aspen.
2.2 Selection of the Case Study
Naphtha production from the CDU, which is converted to gasoline later in
Libyan oil refinery is chosen as the subject for this study. The amount of naphtha
production by the refinery is around 114.5 m3/hr at 100% load. The actual operation data
and parameters used in this study are shown in the following tables.
Table 2.1 Assay Data of Libya Crude Oil.

Parameters

Values

 Molecular weight(MW)

259.7

 Density (g/ml)

0.8136

 API gravity

42.2

24

 Flash point(°C)

-42

 Sulfur content %

0.0733

 Pour point (°C)

-33

 Ash content (wt%)

0.006

 Salts content (mg/l)

0.12

Table 2.2 Light Ends Weight and Mole% in the Crude Oil.

Compounds

Wt %

Mol %

 Propane (C3 )

0.36

1.20

 Iso butane(iC4 )

0.43

1.09

 Normal butane (nC4 )

1.73

4.42

 Iso pentane (iC5 )

1.78

3.67

 Normal pentane (nC5 )

2.58

5.32

Table 2.3 Distillation Present Assay.

Distillation Percent

Temperature

10%

70°C

Molecular
Weight
85.6

20%

110°C

108.5

31.2%

150°C

128.7

42.14%

195°C

158.6

50%

235°C

185.6
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63.7%

295°C

233.4

74.13%

350°C

286.6

85.12%

440°C

398.8

90.90%

500°C

488.4

95%

550°C

579.6

Table 2.4 Distillation Tower Actual Parameters.

Operating
Parameters
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Parameters



Total number of trays



Feed tray number



Feed flow rate (barrel/day).

60,000



Top column pressure ( kPa)

135.8



Top column temperature (°C)

115
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 Column Bottom pressure ( kPa)

225.5

 Column Bottom temperature (°C)

325



Condenser pressure ( kPa)

62.05



Condenser temperature (°C)

42



Kerosene draw stage number

8

 Kerosene return stage number

6

 LGO draw stage number

16

 LGO return stage

14

 HGO draw stage number

21

26

 HGO return stage number

19

 Top pump around draw stage number

3

 Top pump around return stage number

1

 Bottom pump around draw stage

17

number
 Bottom pump around return stage
number
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2.3 Building the Model and Performing of the Simulations:
The following pages indicates the details of modeling and simulation of the
CDU process using Aspen design program.
This study represents the complete construction of the model and simulation from
choosing a property package and components, describing the crude oil for introducing
streams and unit operation, and finally examines the final results.
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2.3.1 Creation of a New Simulation Case.
Start the Aspen program. When the program opens, choose the New button.
The new set to be named, and then change the required units for any variable, as it is
shown in Figure 2.2 & 2.3.

Figure 2.2 Creation of a New Simulation File.

Figure 2.3 Change of the Required Units.
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2.3.2 Entering the Crude Oil Data
Firstly, the fluid package component list is created. The component list presents
light ends, and non-oil components such as water, sulfur, etc. Light ends and water are
added by using Add button as shown in Figure 2.4

.

Figure 2.4 Adding the Pure Components.

2.3.3 Selecting the Fluid Package
In this page, the fluid package is chosen. Peng-Robinson is known to be the best
for petroleum refining processes and hence for our case . This fluid package contains the
method which is used by Aspen program during the calculation of particular flow sheets.
Next Figure shows the Selection of the fluid package.
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Figure 2.5 Selecting the Fluid Package.

2.3.4 Defining the Assay Data
In this step, the petroleum fluid is characterized by using the given assay lab
data. On the assay tab, create and view a new Assay. From Assay Data type list, TBP to
be selected. Then we will select the Light Ends button and enter our oil composition at
liquid volume percent as shown in the Figure
2.3.5 Entering Bulk Properties Data
To add the standard liquid density for our crude sample, (in our case by API
gravity), the Bulk Props option will be active, then the values of the molecular weight
for the sample to be inserted as shown in Figure 2.6. (Note that whatever units used for
the data, Aspen program will convert the value to the required units).
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Figure 2.6 Entering Bulk Properties Data.
2.3.6 Addition of Light Ends Value
By making the Light Ends option active, we add the composition of the light
ends of our crude oil sample which is based on the components list previously specified
in Table 2.2. They are all in mole%.

Figure 2.7 Addition of Light Ends Value.
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2.3.7 Addition of the TBP Distillation Percent Assay
In this step, the TBP curve on a liquid volume% basis for our crude sample is
added to the temperature in °C .

Figure 2.8 TBP Distillation Present Assay.

2.3.8 Addition of Molecular Weight Assay
Using the given molecular weight assay, table is filled up as shown in Figure 2.9

Figure 2.9 Addition of MW Assay.
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2.3.9 Entering Viscosity Data
In this page, the viscosity assay data for our crude type is inserted
corresponding to the temperature in °C, as shown in Figure 2.10

.

Figure 2.10 Adding Viscosity Assay Data.
Inserting the assay data for our crude is now completed, and defined in the
software. By pressing Calculate button at the bottom of the Assay view, Aspen design
will calculate the Assay, and a green message (Assay was calculated) will appear at the
bottom of the page as shown in Figure 2.11. By clicking on Working Curves tab of the
assay property view to show the calculation results.

Figure 2.11 Working Curve Table.
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Also, we get the calculated distillation TBP against liquid volume percent in a graphical
format, as shown in Figure 2.12

Figure 2.12 TBP Distillation curve which shown TBP against liquid volume percent.
2.4 Creating the Blend (Cutting the Assay)
Now to create a new blend using the assay data which was calculated by Aspen
program, assay data is transferred to oil information table. Then the blend (cut) is
automatically calculated based on the current cut points, at the same time a (blend was
calculated) green message will appear at the view.

Figure 2.13 Auto cut Blend Calculation.
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2.5 Viewing the Oil Distribution
To view the distribution data, we select the Oil Distributions from the table as
shown in Figure 2.14. The Cut Distributions table shows the fraction of each product in
the blend. The products are listed according to liquid volume fraction.

Figure 2.14

Liquid Volume Fraction of Products in the Blend.

The liquid volume fraction can be used to obtain the product volumetric flow
rate for the column fractions. For instance, the given kerosene fraction is 0.124% while
our crude feed to the column is 60,000 barrel/day. So the production of kerosene is
expected to be:

60,000 x 0.124 = 7,440 barrel/day.

2.6 Adding the Oil
In this step, the calculated oil composition results are transferred to a material
stream to be used in the simulation. Aspen design creates a new stream to be named as
preheated crude.
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2.7 Entering the Simulation Environment
Steady-State Simulation Using Actual Operating Process Data
By clicking on entering icon for Simulation Environment on the simulation
basis manager view, entering to the simulation environment and we get a single stream
called Crude Oil. It’s our starting point to the simulation. Then double-click on it and
install the actual crude feed condition parameters, temperature, pressure, and crude flow
rate.
2.7.1 Installing Unit Operation
Installing the required unit operation for processing the crude oil is done by
choosing the icon of each unit, starting with pre-flash separator, furnace, mixer. Then
the stream is named as Tower Feed.
The next step is adding of energy streams, mainstream to the column, trim duty, LGO
stripper steam, HGO stripper steam, which will be connected to the distillation column,
as shown in the Figure 2.15.

Figure 2.15

Installing Unit Operation.
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2.7.2 Installing the Distillation Column
The Refluxed Absorber icon is chosen from the options page as it is the right
option for this case. When installing the column double click on the icon for supplying
certain default information. Entering column actual parameters, by filling up all required
information by Aspen design for the column such as the number of tower trays, feed
stream to the column, number of tower feed tray, column top and bottom temperature
and pressure, and condenser temperature and pressure as well. The outlet streams for the
tower to be filled as well including all distillation column product names and location.

Figure 2.16 Interring Column Actual Parameters
.

2.7.3 Installing the Side Stripper and Pump Around Systems
From the Side Option tab of the column, we click on Side Strippers then we add
them one by one. In our case, there are three side strippers, kerosene side stripper, HGO
side stripper, and LGO side stripper. After renaming each one of those all the required
information is filled.
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Figure 2.17 Installing the Column Side Strippers.
From the same page, we select Pump Around. Note, there are two pump around
systems in our case, top pump around and bottom pump around. They are installed one
by one and the required parameters are filled, such as pump around duty, flow rate, drew
stage and return stage as shown in Figure 2.18.

Figure 2.18 Installing the Column Pump Around
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2.7.4 Simulation of the Column with Actual Data
After installing all operation units, by clicking the Design tab and selecting the
Monitor page, where the Specifications table is seen. The degree of freedom is to be
zero for the column to be run. If the degree of freedom is more or less than zero, we
activate or deactivate some specification units till becoming zero. When the degree of
freedom becomes zero, the calculation of the column parameters automatically Run and
the converged green message has appeared.

.

Figure 2.19 Activation of the Column.
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CHAPTER 3
RESULTS AND DISCUSSION
3.1 Design and Simulation of Libyan Oil Refinery Distillation Column with Actual
Refinery Data
3.1.1 Simulation Results of Designed Column Using Actual Data
By opening the work book, the calculated results for the main flow sheet are
accessed. The Material Streams tab of the work book is shown in Figure 3.1

Figure 3.1 Product Value Obtained from the Simulation of Libyan Oil Refinery
Distillation Column with Actual Data.
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The above table summarizes the input data and the calculated results of the
column. Items of information in each row present the components of material streams,
volumetric flow value for each product, and the summary list of unit operation.
3.1.2 Opening of the Column Sub-flow Sheet
By entering the column environment, the column sub-flow sheet can be
visualized as shown in Figure 3.2
First, Steady-State Simulation.
The steady state simulation has been manually arranged by choosing the
required equipment icons for our process simulation.

Figure 3.2 Main Flow Sheet of the Steady-State Simulation.
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Second, the Dynamic State Simulation
In this part, the dynamic abilities of Aspen configuration are joined into a basic
steady state oil refining model.
A straightforward fractionation facility produces naphtha, jet fuel (kerosene), diesel, and
a bottom product which is the atmospheric residue. In a steady state refining processes a
desalted and pre-heating crude is piped to a separator called (a pre-flash drum), where
vapors to be separated from the hydrocarbon mixture, which is heated up to a required
process temperature in a huge furnace. The separated vapors pass through the furnace
and then mix again with the hot crude oil which coming out from the furnace. Then the
hot combined stream is fed to the atmospheric distillation column for fractionation. The
dynamic refining considers only the crude column. Only the distillation column from the
steady state refining is changed over to dynamic, while the crude preheat section is
erased from the worksheet.

Figure 3.3

Dynamic State Simulation.
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3.1.3 Simulation Results of Designed Column Using Actual Data

The dynamic simulation presents the property view is basically the same as the
main flow sheet property view of the distillation column. The simulation results
obtained from the theoretical design of Libyan refinery distillation column using actual
data are given in Table 3.2

Table 3.1 Actual Simulation Data.

Property


Actual Simulation Data
397.4 (m3/h)

FEED FLOW RATE

 FEED TEMPERTURE

321 (°C )

 FEED TRAY NUMBER

27

 COLUMN STEAM TEMPERTURE

195 (°C )

 COLUMN STEAM FLOW RATE

1750 (m3/h)

 LGO STEAM TEMPERTURE

150 (°C )

 LGO STEAM FLOW

34 (m3/h)

 HGO STEAM TEMPERTURE

150 (°C )

 HGO STEAM FLOW

28.5 (m3/h)
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Table 3.2 Results Obtained from the Simulation of the Column with Actual Data.

Property

Actual Simulation Results



Naphtha production flow rate



Kerosene production flow rate

52.31 (m3/h)



Light gas oil production flow rate

48.93 (m3/h)



Heavy gas oil production flow rate

43.23 (m3/h)



Residue flow rate

134.8 (m3/h)

118.7(m3/h), (64.65 API )

3.2 Simulation of Libyan Oil Refinery Crude Distillation Unit with Modified
Parameters
The results of the actual data simulation of Libyan oil refinery distillation
column revealed that, the bottom product (atmospheric residue) has the highest
volumetric flow rate among all column products. This suggest that the column needs to
be optimized by changing the column parameters until more conversion of the
atmospheric residue to middle distillate production is obtained.
To try to increase the light products of the distillation unit, simulations for the
distillation tower were performed and some attempts were made in this regard.

* In the first modified simulation, the crude feed temperature is raised up from 321°C to
355°C, trying to improve the volumetric flow rate of the middle distillate products.
The change is applied in the actual data dynamic state simulation, and the obtained
results are shown in Table 3.4 and Figure 3.4.
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Table 3.3 Recommended Parameters for the First Simulation.

Property


Modified Simulation Data
397.4 (m3/h)

FEED FLOW RATE

 FEED TRAY NUMBER

27

 CRUDE FEED TEMPERTURE

355 (°C )

 COLUMN STEAM TEMPERTURE

195 (°C )

 COLUMN STEAM FLOW RATE

1750 (m3/h)

 LGO STEAM TEMPERTURE

150 (°C )

 LGO STEAM FLOW

34 (m3/h)

 HGO STEAM TEMPERTURE

150 (°C )

 HGO STEAM FLOW

28.5 (m3/h)

Table 3.4 Results Obtained from the Simulation of the Column with Modified Crude Feed
Temperature.



Property
Naphtha production flow rate

Obtained Results
119.7 (m3/h)



Kerosene production flow rate

49.29 (m3/h)



Light gas oil production flow rate

45.31 (m3/h)



Heavy gas oil production flow rate

40.15 (m3/h)



Residue flow rate

143.3 (m3/h)
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Figure 3.4 Results when Crude Feed Temperature is Changed.

Figure 3.5 Worksheet of the Product Values Obtained from the Simulation while the
Crude Feed Temperature is Changed.
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In the this process simulation to increase the productivity of the distillation
column by raising the crude feed temperature to the column to 355 °C, a slight increase
in naphtha volumetric flow rate is observed (from 118.7 to 119.7 m3/h), while other
products (kerosene, LGO, and HGO) decreased. In addition, this simulation caused to an
increase in the volumetric flow rate of the residue which is an undesirable situation.

* In the second modified simulation, the steam temperature to the column is changed
from 195°C to 230°C, and the obtained results are shown in Table 3.6 and Figure 3.6

Table 3.5 Recommended Parameters for the Second Simulation.
Property


Modified Simulation Data
397.4 (m3/h)

FEED FLOW RATE

 FEED TEMPERTURE

321 (°C )

 FEED TRAY NUMBER

27

 COLUMN STEAM TEMPERTURE

230 (°C )

 COLUMN STEAM FLOW RATE

1750 (m3/h)

 LGO STEAM TEMPERTURE

150 (°C )

 LGO STEAM FLOW

34 (m3/h)

 HGO STEAM TEMPERTURE

150 (°C )

 HGO STEAM FLOW

28.5 (m3/h)
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Table 3.6 Results Obtained from the Simulation of the Column with Modified Column Steam
Temperature.

Property

Obtained Results



Naphtha production flow rate

118.9 (m3/h)



Kerosene production flow rate

49.29 (m3/h)



Light gas oil production flow rate

45.31 (m3/h)



Heavy gas oil production flow rate

40.15 (m3/h)



Residue flow rate

143.8 (m3/h)

Figure 3.6 Results when Steam Temperature to the Column is Changed.
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Figure 3.7 Worksheet of the Product Values Obtained from the Simulation while the
Steam Temperature to the Column is Changed.
In the second process simulation, while the steam temperature to the column is
raised up to 230°C, we observed a slight increase in the naphtha flow rate (from 118.7 to
118.9 m3/h), while other column middle products (kerosene, LGO, and HGO) flow rates
decreased causing to an increase in the volume flow rate of the column residue from
134.8 to 143.8 m3/h. Since our aim in simulations is to reduce it, this situation is
undesirable.
* In the third modified simulation case, the steam temperature of the side product
strippers is increased from 150 to 230°C, and the obtained results are shown in Table 3.8
and Figure 3.8
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Table 3.7 Recommended Parameters for the Third Simulation.

Property


Modified Simulation Data
397.4 (m3/h)

FEED FLOW RATE

 FEED TEMPERTURE

321 (°C )

 FEED TRAY NUMBER

27

 COLUMN STEAM TEMPERTURE

195 (°C )

 COLUMN STEAM FLOW RATE

1750 (m3/h)

 LGO STEAM TEMPERTURE

230 (°C )

 LGO STEAM FLOW

34 (m3/h)

 HGO STEAM TEMPERTURE

230 (°C )

 HGO STEAM FLOW

28.5 (m3/h)

Table 3.8 Results Obtained from the Simulation of the Column when Steam to Side
Strippers Temperature is Changed.

Property

Obtained Results
118.8 (m3/h)



Naphtha production flow rate



Kerosene production flow rate

49.29 (m3/h)



Light gas oil production flow rate

45.31 (m3/h)



Heavy gas oil production flow rate

40.15 (m3/h)



Residue flow rate

144 (m3/h)
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Figure 3.8 Results when the Steam Temperature to Side Strippers is Changed.

Figure 3.9 Worksheet of the Product Values Obtained from the Simulation while the
Steam Temperature to the Column Side Strippers is Changed.
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* In the fourth simulation, feed point of the distillation column is changed from tray
number 27 to number 29, and the results are shown in Table 3.10 and Figure 3.10.

Figure 3.10 Results when the Feed Tray Number is Changed from 27 to 29

Figure 3.11 Worksheet of the Product Values Obtained from the Simulation when the
Feed Tray Number is Changed from 27 to 29.
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Table 3.9 Recommended Parameters for the Fourth Simulation.
Property


Modified Simulation Data
397.4 (m3/h)

FEED FLOW RATE

 FEED TEMPERTURE

321 (°C )

 FEED TRAY NUMBER

29

 COLUMN STEAM TEMPERTURE

195 (°C )

 COLUMN STEAM FLOW RATE

1750 (m3/h)

 LGO STEAM TEMPERTURE

150 (°C )

 LGO STEAM FLOW

34 (m3/h)

 HGO STEAM TEMPERTURE

150 (°C )

 HGO STEAM FLOW

28.5 (m3/h)

Table 3.10 Results Obtained from the Simulation of the Column with Modified Feed
Tray Number.

Property

Obtained Results



Naphtha production flow rate

118.8 (m3/h)



Kerosene production flow rate

49.29 (m3/h)



Light gas oil production flow rate

45.31 (m3/h)



Heavy gas oil production flow rate

40.15 (m3/h)



Residue flow rate

144 (m3/h)
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According to the results of the last two simulations, a slight increase in the
volumetric flow rate of naphtha production is observed. On the other hand, an increase
in the undesired product (residue) is found at the same time. Hence this is not a feasible
situation.
* The fifth simulation of the distillation column includes the use of all the information
gained from the previous attempts which ended up with undesirable results. In this
simulation, the crude feed tray is changed from 27 to 33, the steam temperature of the
side product strippers increased from 150 to 300°C, the steam temperature to the column
is raised up to 300°C, and the crude feed temperature to the column is increased to
383.2°C. The results obtained from this simulation were feasible, where a high
proportion of the naphtha product was obtained, and at the same time the output of the
residue was reduced as shown in Figure 3.16 and Table 3.11.
Followings are the steps of this simulation. The modifications are applied in the steady
state simulation which was previously shown in Figure 3.2 above.

Figure 3.12 Change of the Operation Parameters of CDU
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3.2.1 Installing the Distillation Column for the Fifth Simulation
During the installation of the distillation column with the recommended
parameters for the fifth simulation to optimize the column performance, some of the
operation parameters have to be changed until an improvement in the middle distillate
products of the column is obtained.
After several times of changing the CDU parameters, it is found that increasing the
steam temperature for each of HGO, LGO, strippers and bottom of the tower to about
300°C is required to improve the tower light products. In addition, changing of the feed
point to the column to tray number 33 is required.

Figure 3.13 Design of the Distillation Column with Modified Parameters.
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3.2.2 Running of the Distillation Column
After installing distillation column with the modified column parameters, the
degree of freedom needs to be zero for the column to be run on the monitor page of the
design tab, where the specifications table is shown below. When the degree of freedom
become zero, the calculation of the column parameters automatically Run, and the green
message Converged appears at the bottom of the page.

Figure 3.14 Product Values Obtained from the Simulation of the Distillation Unit.

The workbook accesses the calculated results of optimized column main flow sheet.
The material streams tab of the workbook is shown in Figure 3.15.
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Figure 3.15 Work sheet of Distillation Column Products with Modified Column
Parameters.
3.2.3 Visualization and Analysis of the Results
When some of distillation column parameters (temperature of the feed crude to
the column, steam temperature to main column, and to side strippers, and the location of
feed tray of the column) are changed, the volumetric flow rate of naphtha is increased
to 122 m3/h, kerosene to 58.77 m3/h, and the light gas oil to 52.64 m3/h, and the residue
volumetric flow rate is reduced to 131.6 m3/h, as shown in Table 3.11
An improved CDU production is obtained as it shown in each product in Figure 3.16
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Figure 3.16 Dynamic Simulation Results for Optimized Column.

Table 3.11 Results Obtained from the Fifth Simulation of the Column with the Modified
Parameters
Property


Naphtha production flow rate



Kerosene production flow rate



Light gas oil production flow rate



Heavy gas oil production flow rate



Residue flow rate

Results
122 (m3/h)
58.77 (m3/h)
52.64 (m3/h)
32.5 (m3/h)
131.6 (m3/h)
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3.4 Improvement of the CDU Products
The results obtained from the Aspen simulations after modification of the
column parameters for the fifth simulation case are compared with the actual data
simulated, and presented in the following parts.

1. Naphtha Production
Table 3.12 Naphtha Production Before and After the Parameters Modification.
Property
 Volumetric flow rate
 Specific density
 Molecular weight
 Kinematic viscosity

Before
modification
118.7 (m3/h)

After
modification
122.0 (m3/h)

64.64 API

64.26 API

130.5

132.0

0.5796 (cSt )

1.060 (cSt )

2. Kerosene Production
Table 3.13 Kerosene Production Before and After Parameters Modification.
Before

After

modification

modification

 Volumetric flow rate

52.31 m3/h

58.77 m3/h

 Specific density

51.73 API

50.45 API

 Molecular weight

230.5

240.6

 Kinematic viscosity

0.4756 (cSt )

0.7259 (cSt )

Property
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3. Light Gas Oil (LGO) Production
Table 3.14 LGO Production Before and After Parameters Modification.
Property

Before
modification

After
modification

 Volumetric flow rate

48.93 m3/h

52.64 m3/h

 Specific density

43.93 API

42.20 API

 Molecular weight

297.6

318.7

 Kinematic viscosity

1.311 (cSt )

1.711 (cSt )

4. Heavy Gas Oil (HGO) Production
Table 3.15 HGO Production Before and After Parameters Modification.
Property

Before
modification

After
modification

 Volumetric flow rate

43.22 m3/h

32.50 m3/h

 Specific density

38.74 API

37.12 API

 Molecular weight

367.4

394.0

 Kinematic viscosity

1.489 (cSt )

1.711 (cSt )

5. Atmospheric Residue Production
Table 3.16 Atmospheric Residue Production Before and After Parameters Modification.

Property

Before
modification

After
modification

 Volumetric flow rate

134.8 m3/h

131.6 m3/h

 Specific density

26.50 API

26.82 API

 Molecular weight

638.4

631.9

 Kinematic viscosity

2.862 (cSt )
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4.690 (cSt )

As it can be seen from the last simulation with the modified column
parameters, the volumetric flow rates increase in the most of middle distillate products
except the HGO. By focusing on naphtha production in the distillation tower, the fifth
simulation with the recommended parameters indicates that it’s possible to improve the
distillation column productions by modifying the column operation conditions.
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Table 3.17 Comparison of the Actual Refining Data with the Results Obtained from all
Simulations.
Property

 Crude flow rate

Actual
Refining Data

Simulation Results
of Actual Data

Simulation 1, Results
with Modified
Parameters

397.44 m3/h

397.4 m3/h

397.4 m3/h

 Tower Feed temperature

300.5 (°C )

300.5 (°C )

330 (°C )

 Steam temp. to main tower

195 (°C )

195 (°C )

195 (°C )

 Steam flow to main tower

1750 m3/h

1750 m3/h

1750 m3/h

 LGO steam temperature

150 (°C )

150 (°C )

150 (°C )

34.0 kg/h

34.0 kg/h

150 (°C )

150 (°C )

28.5 kg/h

28.5 kg/h

28.5 kg/h

27

27

 Steam flow to LGO stripper
 HGO steam temperature
 Steam flow to HGO stripper
 Feed tray number

34.0 kg/h
150 (°C )

27

 Naphtha production flow rate

114.5 m3/h

118.7 m3/h

119.7 m3/h

 Kerosene production flow

49.28 m3/h

52.31 m3/h

49.29 m3/h

 LGO production flow rate

45.31 m3/h

48.93 m3/h

45.31 m3/h

 HGO production flow rate

40.54 m3/h

43.23 m3/h

40.15 m3/h

 Residue flow rate

147.81 m3/h

134.8 m3/h

143.0 m3/h

rate
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Simulation 2, Results
with Modified
Parameters

Simulation 3, Results
with Modified
Parameters

Simulation 4, Results
with Modified
Parameters

Simulation 5, Results
with Modified
Parameters

397.4 m3/h

397.4 m3/h

397.4 m3/h

397.4 m3/h

300.5 (°C )

300.5 (°C )

300.5 (°C )

383.2 (°C )

230 (°C )

195 (°C )

195 (°C )

300 (°C )

1750 m3/h

1750 m3/h

1750 m3/h

1750 m3/h

150 (°C )

230 (°C )

150 (°C )

300 (°C )

34.0 kg /h

34.0 kg/h

34.0 kg/h

34.0 kg/h

150 (°C )

230 (°C )

150 (°C )

300 (°C )

28.5 kg/h

28.5 kg/h

28.5 kg/h

28.5 kg/h

27

27

29

118.9 m3/h

118.8 m3/h

118.8 m3/h

122 m3/h

49.29 m3/h

49.29 m3/h

49.29 m3/h

58.77 m3/h

45.31 m3/h

45.31 m3/h

45.31 m3/h

52.64 m3/h

40.15 m3/h

40.15 m3/h

40.15 m3/h

32.50 m3/h

143.8 m3/h

144 m3/h

144 m3/h

131.6 m3/h
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CHAPTER 4
CONCLUSIONS

By utilizing Aspen software, we performed computer simulations to improve
the middle distillate (naphtha, kerosene, and LGO) production yield of Libyan oil
refinery distillation column. Our findings indicated that, modification of parameters
yields increase in the volumetric flow rate of these products while it also yield a
decrease in the atmospheric residue volumetric flow rate.
The objective is achieved by using Aspen software, which provided a capability to
design the entire process accurately and gave us an accurate information of how oil
refining processes take place.
The results obtained from the theoretical design and simulations carried out on
Libyan refinery distillation column by the implementation of the different modified
column parameters indicated that, to increase the middle distillate volumetric flow rates
especially focusing on the naphtha production, the following recommendations can be
helpful. It should be noted that the CDU should operate at possible maximum efficiency
in all cases.


Increase the crude feed temperature to the distillation column (furnace outlet) to
around 420°C.



Increase the steam temperatures of HGO, LGO strippers, and the bottom steam
to the main tower to about 300°C.

 Change the main feed point tray position to the column to tray number 33.
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